ABSTRACT: Process gas temperature profile and steam to hydrocarbon ratio in the feed have important impact on product yields and coking rate in tubular reactors for naphtha cracking. This study is to evaluate these effects quantitatively based on numerical simulation. Steady-state operation of the tubular reactor in an industrial thermal cracking furnace presented was first simulated in HYSYS with a molecular reaction scheme. Various case studies then investigate the influence of process gas temperature profile and inlet steam to hydrocarbon ratio so that the ethylene/propylene product yields and coking rate can be evaluated. Finally, steady-state optimisation was applied to the operation of this industrial furnace. The optimal process temperature profile and the optimal inlet steam to naphtha ratio were found to maximize the operation profit. This study will provide significant guidance to process engineers in the ethylene industry.
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were evaluated by varying the operating conditions of the tubular reactors. In the study for optimal operation, operation profit was used as objective function. The process gas temperature profile and inlet steam to hydrocarbon ratio were used as optimisation variables. The effect of coking on reduction of manufacturing time and the decoking cost have been considered.
The present work is different from those published in the literature in three main respects: (a) all the case studies were performed based on the same real industrial naphtha cracking furnace; (b) The tubular reactor operation optimisation has been studied systematically; (c) the simulation and optimisation tool HYSYS is commercially available and easy to use. These features should make this study very appropriate to practising process engineers in the ethylene industry.
The paper is laid out as follows. Details of the base case simulation will be described in Section 2.
Various case studies will be conducted in Section 3. Section 4 is to study the optimal operation.
Conclusions will be drawn in the end.
SIMULATION of A BASE CASE

Tubular reactors and operating conditions
The simulation is based on long tubular reactors of a real industrial thermal cracking furnace described in [10] . The whole furnace has 40 identical reaction tubes. Each tubular reactor is constructed by 2 passes of different diameters. The reactor feed contains naphtha and dilution steam. The feed has a mass flowrate 11,500kg/h for naphtha and a mass flowrate of 6,900 kg/h for steam. In this way, the mixture of naphtha and steam has a mole flow rate of 509 kmol/h and steam to naphtha ratio in the feed is 0.6 to 1.
Feed temperature is 853 K and pressure is 206 kPa. Outlet temperature is controlled at 1,068 K and pressure at 172 kPa.
Reaction scheme
The molecular reaction scheme proposed by Kumar and Kunzru [6] was adopted since it has been widely cited. This reaction scheme contains 1 primary reaction (first order) and 21 secondary reactions (first order). Due to different naphtha as feedstock, the stoichiometric coefficients for primary reaction were adjusted according to the naphtha properties used in [10] . Among the 21 secondary reactions, numbers 2, 3, 7 and 16 are reversible reactions. But the kinetics data for these 4 reverse reactions were not given in [6] . Therefore, the reaction equilibrium constants for these 4 reverse reactions were extracted from [13] . Reverse reaction kinetic parameters were then calculated with k R = k F / k C , where k R denotes reverse reaction rate constant, k F the forward react rate constant and k C the reaction equilibrium constant. The final reaction mechanism used is listed in Table 1 and Table 2 . 
Base case simulation and results
A 1D plug flow reactor (PFR) model was chosen in HYSYS to simulate the tubular reactors. The modified molecular reaction scheme was described above in section 2.2. The PFR sizes and operating conditions were described in section 2.1. Figure 1 shows the process gas temperature profile along the reactor tubes, which is the same as in [10] . This is the temperature profile used in real industry. Table 3 , the main product yields from the base case simulation in HYSYS were compared with the corresponding industrial data from [10] . As can be seen, simulation yields are in good agreement with industrial values. This indicates that HYSYS simulation is a good reflection of the real process. Figure 2 shows the progress of the cracking reactions along the reactor tube. From Figures 1 and 2 , it can be seen that process gas temperature increases rapidly along the first pass, but product yields go up slowly. Whilst in the second pass, process gas temperature increases gradually, main product yields increase sharply. This is because the naphtha cracking reactions are endothermic. The heat transferred through the tube wall is used to increase the process gas temperature and to provide the reaction heat.
The reaction rate is accelerated with the increase of temperature. In the first pass, process gas temperature increases from 853 to 1050 K, the reaction rate is still relatively slow. In the second pass, process gas temperature increases from 1050 to 1068 K, the reaction rate becomes much faster. Clearly, most of the reaction is performed in the second pass where the gas temperatures are higher. The aromatics concentration which is a critical determinant for coke deposition [7] also increases in the second tube pass due to the secondary reactions occurring there. 
CASE STUDIES
Effects of process gas temperature profile
From the base case simulation in Section 2, the process gas temperature profile has an important effect on the cracking product yields. To further investigate this effect quantitatively, the following different cases were studied. Under the same feed conditions (i. e. the same naphtha was used and the steam to naphtha ratio is fixed at 0.6:1), only the process gas temperature profiles applied along the reactors were changed, the rest of the operating conditions are the same as in the base case. The process gas temperature profiles were produced in the following way: the initial temperature remained the same, the growth in temperature along the tube reactor were paralleled to the initial profile plus an increment proportional to the difference between the final outlet temperature and the distance along the tube reactor length. Different coil outlet temperatures (COT) were achieved (as shown in Figure 3 ). The first part of the temperature profile could not be steeper due to practical design limitations. The simulation results on yields were summarized in Figure 4 . Although the ethylene yield improved throughout the temperature range, there is a disappointing loss of propylene (an equally valuable product) beyond an exit temperature of 1,103.15 K. In addition, the aromatics increased continuously throughout the temperature range. The aromatics is believed to be the main reason that causes coke deposition [7] . In the whole tubular reactor, the reactor outlet should have the highest temperature. Thus, it is important to check the coking behaviour at the tube outlet. Figure 5 shows the effect of the process gas temperature on coking rate at the tube outlet. With the COT increases, the coking rate increases dramatically. At higher coking rate, the coking will build up faster at the inner wall of the tube. The interval between decoking will be shorter. Generally a reactor decoking operation requires the unit to be taken off-line for 24 -48 hours, this interruption can have a significant negative impact on the overall production rate. 
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Effects of steam to naphtha ratio in the feed
To study the effects of steam to naphtha ratio in the feed on the product yields and the coking rate, different cases were designed. Same as in the base case, the feed has a fixed mole flow rate 509kmol/h for naphtha and steam. Steam to naphtha ratio (kg/kg) varies between 0.2:1 and 1.3:1. The temperature profile applied along the tubular reactor is the same as in Figure 1 . Figure 6 shows the trend of product yields changing with the steam to naphtha (kg/kg) ratio in the feed. As can be seen, there is little incentive from a yield point of view to increase the steam fraction beyond about 0.8. However, it will be recognised that with a constant molar flow of reactants the ethylene/propylene production rates fall significantly at the higher steam dilutions. It is, therefore, imperative to operate at the lowest steam dilutions possible, provided that the resulting coking rate can be accepted. 
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OPTIMAL OPERATION
The most profitable operating conditions will be a complex balance involving the product yield, steam dilution, temperature profile and the coking rate (which results in appreciable "downtime"). The simulation results presented in Section 3 above suggest that the most sensitive operating parameter is likely to be the imposed reactant temperature profile followed by the steam to hydrocarbon ratio.
These variables are, therefore, the focus of the optimisation work.
Mathematical formulation of the optimal operation problem
The following assumptions have been made for formulating this optimisation problem: (1) No downstream product separation costs are counted; (2) The impact of change in coking buildup (thickness) on heat transfer coefficient (through the pipe) is not considered.
In this study, the operating profit was used as the objective function. It was defined as the income from desired products minus various costs. Costs include raw material cost (naphtha here), cost for steam, cost for radiant heat plus decoking cost. A fixed value (denoted by DCC) was used for decoking cost.
The operating profit was calculated on a yearly basis.
Where f p represents the operating profit, F i the desirable product flow rate, F 0 the naphtha flow rate; F H the steam flow rate; n d denotes the decoking times per year. The meaning for other parameters can be referred to Table 4 .
The decoking frequency is calculated via Equations (5) and (6) . In summary, the optimal operation study wants to maximize the operation profit when the process gas temperature profile along the reactor and the steam to naphtha ratio in the feed vary within certain ranges. Mathematically it was described as following:
Case study
The yearly production time (t p ) is assumed to be 340 days and 24 hours per day. Table 4 gave other parameters assumed for this case study. The price factors for ethylene, propylene and naphtha were taken from [14] . 
Results and discussions
After performing steady-state optimisation in HYSYS with Hyprotech Sequential Quadratic
Programming (SQP) solver, the process gas temperature profile obtained was shown in Figure 8 . Table 5 summarized other optimisation results and these were compared with the current operating conditions described in [10] . From Table 5 , it can be seen that after optimisation, the operating profit was improved obviously. Figure 9 gave the details of main cracking product yields along the reactor tube under the optimal operating conditions. O rig in a l t e m p e ra t u re p ro file o p t im a l t e m p e ra t u re p ro file Figure 8 , the optimal process gas temperature is 1084.15K at the outlet of the tubular reactor.
Compared with the base case, COT has been increased 16.1K. In this way, the cracking reaction is much faster and the product yields are higher correspondingly (refer to Table 5 and Figure 9 ). This contributes higher profits. On the other hand, due to increased temperature over the whole tube length (in the optimal temperature profile), the coking rate becomes higher. Therefore, the expense caused by tubular reactor shutdown for decoking also becomes higher. The optimal steam to naphtha ratio in the feed is still 0.6 (refer to Table 5 ). So the production time between two consecutive decokings reduced from 41.46 days to 21 days. The operation has been improved from making a loss of $5.848 million at the base operating condition to making a profit $101.6 k at the optimal operating condition.
CONCLUSIONS AND FUTURE WORK
In this paper, tubular reactors in the industrial thermal cracking furnace presented in [10] were simulated.
With the same industrial furnace, the impact of process gas temperature profile and inlet steam to hydrocarbon ratio on the ethylene/propylene product yields and coking rate was studied through various cases. The optimal process temperature profile and the optimal inlet steam to naphtha ratio were found to maximize the operation profit. This study will provide significant guidance to practising process engineers in the ethylene industry.
Future work will be concentrated on (a) to model the coking at the inner wall of the tube varying with time more accurately; (b) to take into account the impact of coking on product yields with time and (c) to consider the coking affecting the production time between two consecutive decokings more accurately.
To implement these functions, a more powerful modelling, simulation and optimisation tool such as gPROMS and Aspen Custom Modeler may be required to replace HYSYS since gPROMS and Aspen Custom Modeler have the ability to develop process models according to different scenarios.
